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Simple models predict that mass transfer in the boundary layer over a catalyst surface should 
have a large influence on reactor selectivity for any fast series reaction, but few experimental cases 
demonstrate this explicitly. In this paper, we show experimentally that selectivities ofCH 4 oxidation 
to CO and H 2 over Pt-Rh gauzes and HCN synthesis from CH4, NH 3, and air over Pt-coated ceramic 
monoliths are strongly affected by the gas flow rate and the catalyst geometry. For any series 
reaction in which the desired product is an intermediate species, such as HCN synthesis, an optimal 
residence time exists where the production of the desired component is maximized, and the 
selectivity of formation of the intermediate product improves with increasing rates of mass transfer. 
For parallel and series-parallel reactions, mass transfer may improve or reduce selectivity of 
formation of the intermediate product, with the effect of mass transfer depending strongly on the 
reaction orders of the kinetics. However, typical series-parallel partial oxidation reactions such as 
the partial oxidation of CH4 to synthesis gas require high rates of mass transfer for maximum reactor 
selectivity. © 1992 Academic Press, Inc. 

INTRODUCTION 

In partial oxidation of a fuel F, the desired 
product  B is often an intermediate in a 
series-paral lel  reaction scheme: 

F + O2---~ B (la) 

B + 02--* C. (lb) 

Thus, it is important to design a partial 
oxidation reactor  to maximize the yield of  
the desired product.  Oxidation reactions are 
typically so fast that reaction occurs on or 
near the external  surface of  catalysts. In 
this situation, external mass transfer rates 
become significant in controlling reaction 
rates and the selectivity of  the catalyst. 
Mass transfer  limitations will obviously 
slow reactions,  but relatively few analyses 
(1, 2) have demonstrated the coupling be- 
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tween external mass transfer limitations and 
reaction selectivity, and little experimental  
verification exists. 

Traditionally, descriptions of  the effect of 
mass transfer on reactor  selectivities have 
centered on the analysis of pore diffusion 
in packed-bed reactors.  In classic papers,  
Wheeler  (3, 4) examined the influence of  
pore diffusion on catalytic reactor  selectiv- 
ity for three cases: (1) two independent  par- 
allel reactions of different reactant  species, 
(2) two independent parallel reactions with 
the same reactant species, and (3) a series 
of  reactions where the intermediate is the 
desired product.  He showed that pore diffu- 
sion limitations may have a strong effect on 
reaction selectivity in all three cases. 

Similar ideas have also been applied quali- 
tatively to external mass transfer. These  
ideas were outlined by Frank-Kamenetski i  
(2) and summarized elegantly by Carberry  
(1). These authors considered the effect of  
external mass transfer (interphase diffusion) 
on the differential selectivity of  formation of  

3OO 
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the desired product .  The analyses included 
consecut ive  (series) and simultaneous (par- 
allel) reactions.  

Different catalyst geometries and reactor  
flow patterns will produce very different ex- 
ternal mass transfer characteristics.  As 
sketched in Fig. 1, many geometries,  such 
as (a) flat plates, (b) hollow tubes (extruded 
monoliths), (c) gauzes and packed beds, and 
(d) pellets in a fluidized bed will all have 
boundary  layers of thickness 6, with the 
mass transfer coefficient k m ~ Di/~ , where 
D i is the diffusion coefficient of the rate- 
limiting species i. Basically, it is important  
to facilitate both the migration of reactant  A 
through the boundary layer to the surface 
and the removal o f  the intermediate B from 
the boundary layer into the flowing stream. 

In this paper, we demonstrate  the effect of  
mass transfer in two experimental  examples 
using Pt gauze and monolith catalysts: HCN 
synthesis by partial oxidation of CH 4 and 
N H  3 mixtures over  Pt using several types of  
monolithic supports and product ion of  CO 
and H2 by partial oxidation of CH 4 over  a 
gauze in which selectivity varies strongly 
with flow velocity. Before presenting these 
experimental  results, we discuss the influ- 
ence of  external  mass transfer on selectivity 
in a tubular reactor  for series, parallel, and 
series-parallel  reactions. In this analysis, 
we extend and quantify the ideas of  Frank- 
Kamenetski i  and Carberry.  We then use 
these simple models to qualitatively under- 
stand our  experimental  observations.  

MODEL 

We consider several possible reaction 
schemes using a simple one-dimensional 
plug flow model of  an isothermal reactor  
that accounts  for the transport  of  species by 
a lumped mass transfer coefficient as 
sketched in Fig. 1. 

A species balance over  a differential 
length of the reactor  gives 

d c i  
V ~ " -  z = k m a  s (Cis --  Ci) , (2) 

where ci is the bulk molar concentrat ion of  

/ / / / / / / / / / / / / / / / / /  

/ / / / / / I / / / / / / / / / / /  
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(c) 

FIG. 1. Sketch of the boundary layer profiles for (a) 
a flat plate, (b) a hollow tube (extruded monoliths), (c) 
a gauze pack or packed bed, and (d) a pellet in a fluid- 
ized bed. 

component  i, % is the concentrat ion in the 
gas phase near the surface, a s is the catalytic 
surface area per unit volume, k,, is the mass 
transfer coefficient, and v is the linear flow 
velocity of  the gases. The mass transfer co- 
efficient (here assumed identical for all spe- 
cies) accounts for the transport  of  species 
to and from the catalytic surface. 

For  the general case involving R reac- 
tions, the net flux of species i from the wall 
must equal its net rate of formation or loss 
by reaction at the wall: 

R 

km (Cis -- Ci) = Z llijrj(Cis), (3) 
j - I  

where vii is the stoichiometric coefficient of  
species i in react ionj .  This system of  equa- 
tions can be simply solved numerically or 
analytically by choosing initial concentra-  
tions for all of  the reactant species and then 
integrating Eq. (2) while simultaneously sat- 
isfying Eq. (3). 

Typically, surface reaction kinetics are 
correlated to gas partial pressures.  There- 
fore, the rate expressions used in this model 
are a function of  the species concentrat ion 
(ci~ = Pis/RgT) in the gas phase near the 
catalyst surface. We have chosen to use mo- 
lar concentrat ions rather  than partial pres- 
sures to be consistent with the literature 
convention for similar reaction-diffusion 
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problems. One should note that such rate 
expressions do not describe individual ele- 
mentary  surface reactions,  but, rather,  the 
expressions represent  an overall reaction 
that is the result of several e lementary steps. 

Thus, these reaction kinetics do not ex- 
plicitly include surface intermediates that 
are not observed as products  in the gas 
phase. For  example,  for the series of  reac- 
tions A --~ B ~ C, the actual physical situa- 
tion being modeled would involve the fol- 
lowing general steps: (1) the reactant A 
adsorbs on the surface (dissociatively or 
nondissociatively); (2) the surface species 
react,  perhaps forming other  surface inter- 
mediates,  until B is formed, which then de- 
sorbs; (3) the gas phase species B adsorbs 
(dissociatively or nondissociatively); and (4) 
the surface species also react to form C, 
which then desorbs. 

One should note that for this case, B is 
not merely a surface intermediate,  but each 
B molecule that is formed is assumed to 
leave the surface. In general, any C formed 
via a surface intermediate B (which does not 
leave the surface) should be described by 
the overall reaction A--~ C, which is parallel 
to A ~ B. However ,  if B is in adsorp- 
t ion-desorpt ion  equilibrium at the catalyst 
surface, as usually assumed by Lang- 
mui r -Hinshe lwood kinetics, the individual 
B molecules that are conver ted  to C may or 
may not actually leave the catalyst surface 
after being formed from A. The important 
feature of  this model is that, for this series 
reaction, the formation of  C is a function of  
the partial pressure of only B at the catalyst 
surface. Of course,  the partial pressure of B 
is affected by the concentrat ion of A since 
B is formed from A, but the reaction B ~ C 
is otherwise independent  of  A. 

In each of  the three cases discussed in the 
following sections, the reaction systems will 
involve only three species (A, B, and C). In 
all cases, there is no net change in the num- 
ber of  moles, and the reactor  (both gas and 
surface temperatures)  is assumed to be iso- 
thermal. These simplifications have been 
chosen so that we may demonstrate  qualita- 

tively the influence of  k m on reaction selec- 
tivity independent of other  factors.  

Series  R e a c t i o n s  

The first case is a series of  surface reac- 
tions A ~ B ~ C, where B is the desired 
product.  For  an isothermal system with all 
reactions first order  in the reactant  species, 
the bulk concentrat ions for a plug flow reac- 
tor can be found analytically as 

C A = CAoe-KI "r 

[ K3CAo (e(K2-KI)'C -- 1)] 
cB = CB° + K 2 - K~ 

where 

kma~kl 
K 1 - k m  + k 1' 

kmask2 

km + k2' 

kmKt 
K 3 - km + k 2 " 

(4a)  

e K2w, 

(4b) 

(5) 

CB,ma x --  

(K 1 # K2,  CB0 = 0)  (6) 

K3CAo(K,)K'" : "" 

(Kj # K 2, CBo = 0). (7) 

In the limit k m ---> oc, the above equations 
of course become identical to those derived 
for a plug flow reactor  with pseudo-homoge- 
neous reactions having kinetics of  the same 
form. Figure 2a shows typical concentrat ion 
profiles as a function of  residence time r for 
an infinite mass transfer rate (equivalent to 
the plug flow reactor  with pseudo-homoge- 
neous reactions) and also for k m = k 1 = k 2. 
As shown in Fig. 2b, for given rate con- 
stants, both selectivity [% . . . .  /(CAo - cA)] 
and conversion to B [CB,rnax/CAo ] increase as 
the mass transfer coefficient increases. 

maximum: 

ln( Kz/ K O 

%pt - ( K  2 _ KO 

and 

The constants kl and k 2 are the reaction rate 
coefficients, and ~- = z/v is the residence 
time. As for a homogeneous plug flow reac- 
tor, there is an optimal residence time at 
which the concentrat ion of  B reaches a 
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FIG. 2. (a) Dimensionless concentration profiles in a 
plug flow tubular reactor for the first-order reaction 
series A ~ B --~ C versus the dimensionless residence 
time klar. For  solid lines, k m = k I = k2; for dashed 
lines, k,, ~ ~ and k I = k2. (b) Selectivities (solid lines) 
and conversions (dashed lines) to B versus kl/km at the 
optimal residence time for maximum formation of B for 
two first-order reactions in series. 

Paral le l  R e a c t i o n s  

The effect of mass transfer on selectivity 
for parallel surface reactions depends on the 
form of the reaction kinetics. For  example,  
consider the two parallel reactions 

A---~ B,  r 1 = k~c~A (8a) 

A -----> C ,  r z = k z C r ~ A .  (8b)  

As discussed by Carberry,  the ratio of B to 
C formed at a specific location (or residence 
time in a plug flow reactor) is 

dCB _ kl C(Am,A_m2A)" (9) 
d c c  k 2 

Thus, if mlA = m2A , the selectivity is deter- 
mined solely by the reaction kinetics and 
k m now only d e t e r m i n e s  the  re s idence  t ime  
n e e d e d  to ach ieve  a g iven  convers ion .  How- 
ever,  if mlA 7 ~ m2A , the mass transfer rate 
will also affect the overall reactor  selectiv- 
ity. For  mlA > m2A , selectivity of  B forma- 
tion improves as the mass transfer coeffi- 
cient increases, while the opposite is true 
f o r  mlA < m2A. This is because increasing 
rates of mass transfer are accompanied by 
higher surface concentrat ions of the re- 
actant, and, as shown in Eq. (9), the sign of  
(mlA + m2A) determines whether  increasing 
CAs will increase or decrease the selectivity 
of B formation. In general, for mlA # mZA, 
the reactor  selectivity depends strongly 
o n  km. 

S e r i e s - P a r a l l e l  R e a c t i o n s  

Most partial oxidation reactions are 
series-parallel  (Eq. (1)) in that the reactions 
are parallel with respect  to the oxidant and 
series with respect  to the partially oxidized 
product.  Consider the series-parallel  sur- 
face reaction scheme 

A--*  B,  r 1 = klC'A6A (10) 

A + B --~ 2 C, r 2 = k2c~zA c~ ~2B. (11) 

For  this scheme, the ratio of  B to C formed 
over  a differential length (or time) is 

dCB _ klC(A mlA m2A) 1 
(12) 

dcc 2kzc~B 2" 

Thus, the mass transfer coefficient influ- 
ences the selectivity at a given point in the 
reactor  by affecting the concentrat ion of  
the reactants at the catalyst surface. 

Figure 3 shows the variation of CB,ma x in 
a plug flow reactor  with mass transfer 
coefficient for various fixed rate constants 
and mlA = m B =- 1. F o r  m2A ~ mlA , Top t 

2. Thus, the maximum selectivity and 
conversion to B are identical for these 
cases. As in the series case, selectivity and 
conversion to B increase as k m increases 
for m2A = ½ and /T/2A = 1;  however ,  for 
m2A = 2, higher rates of mass transfer 
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FIG. 3. Selectivities (solid lines) and conversions 
(dashed lines) to B versus k l / k , ,  , at the optimal residence 
time for the series-parallel scheme given by Eqs. (10) 
and (11). For all three plots, mlA = m2B = 1 and CA0 = 
1. The reaction order mZA is varied as follows: (a) ½, (b) 
1, and (c) 2. 

actually reduce the selectivity of formation 
of B. The effect of mass transfer is greater 
when mlA ¢ mZA. On the other hand, 
similar calculations show that the reaction 
order mzB does not strongly affect the 

role of the mass transfer coefficient in 
determining the selectivity of B formation. 
Thus, as for parallel reactions, the reaction 
orders (mla, m2A) with respect to the feed 
component (the "parallel" species) deter- 
mine the exact nature and magnitude of 
the effect of the mass transfer coefficient. 

Typically, surface reactions of gas phase 
species are modeled using Langmuir-Hin- 
shelwood kinetics that do not have the 
simple power law form of Eqs. (10) and 
(11), although, over limited temperature 
and pressure ranges, they reduce to a 
power law approximation. Also, since re- 
action orders can switch from positive to 
negative values as temperature varies, the 
influence of mass transfer is predicted to 
change dramatically with temperature. 
Nevertheless, Langmuir-Hinshelwood 
rate expressions will generally give reac- 
tion orders of 1 or l (for dissociative and 
nondissociative adsorption, respectively) 
with respect to individual species at the 
low coverages expected at high surface 
temperatures. Therefore, most series- 
parallel processes involving heterogeneous 
reactions of gas phase species at high tem- 
peratures will require k m >~ k] for optimal 
selectivity of an intermediate. 

EXPERIMENTAL RESULTS 

HCN Synthesis: Effect of 
Catalyst Geometry 

An example of a nearly series catalytic 
process is HCN synthesis by the Andrussow 
process. The formation of HCN can be de- 
scribed by the overall reaction 

NH3 + CH4 + 23 O2--0 HCN + 3H20. (13) 

Thus, the NH3 + CH 4 mixture undergoes a 
partial oxidation to form HCN. While HCN 
could react with 02, the reactor is operated 
with excess fuel, so this parallel reaction is 
not important. Another reaction, the hydro- 
lysis of HCN, reduces the overall HCN con- 
version by consuming the products of the 
synthesis reaction: 

HCN + H20----> NH 3 + CO. (14) 
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Since both HCN and H20 are products, this 
is truly a series reaction. 

In the industrial process, the reactant 
gases are passed over a gauze pack con- 
sisting of several layers of woven Pt-10% 
Rh wires (5). Reactant and product concen- 
tration versus temperature in this process 
has been modeled successfully as a plug flow 
reactor (6). Hence, the above analysis sug- 
gests that the selectivity of formation of the 
intermediate product (HCN) should be max- 
imized by increasing the rate of mass trans- 
fer and optimizing the residence time. Since 
the synthesis reaction is very fast at the typi- 
cal industrial operating conditions (1400 K), 
high gas velocities (-1 m/s) and between 10 
and 50 layers of gauzes are used for the best 
selectivity for HCN formation. 

We have carried out experiments with 
gauzes and other catalyst geometries involv- 
ing Pt films on ceramic monoliths that con- 
firm the importance of mass transfer in this 
process. The experimental reactor is an in- 
sulated quartz tube with -18 mm inner di- 
ameter into which the various catalysts with 
lengths in the axial direction ranging from 1 
to 25 mm can be inserted. Mass flow control- 
lers are used to set reactant gas flow rates, 
with linear gas velocities usually 0.1 to l 
m/s. The product gases are analyzed using 
gas chromatography. The details of the ana- 
lytical procedure and the experimental re- 
sults will be published later. 

Table 1 shows the selectivities and NH 3 
to HCN conversions for several different 
catalyst configurations. The monolithic cat- 
alysts were either an extruded honeycomb 
or foam ceramic substrate coated with a high 
loading of Pt. The Pt loadings were high 
enough that the ceramic substrates were 
completely covered by a relatively thick Pt 
film. Pure Pt coatings were used, although 
separate experiments showed that Rh does 
not enhance the HCN selectivity of the cata- 
lyst. The values shown correspond to the 
maximum conversion to HCN and the cor- 
responding selectivity. In all cases, the re- 
actant gases were fed at a velocity of 10 to 
20 cm/s with the NH~/air mole ratio fixed at 

0.16 and the CH4/NH 3 mole ratio optimized 
(between 1.1 and 1.2 for all of the catalysts). 
The lengths of the catalyst samples were 
chosen so that the conversion of NH 3 to 
HCN was optimized. For each sample, 
85-95% of the CH4 was consumed at this 
optimal length. For a given geometry and 
channel diameter, increasing the length be- 
yond the optimum resulted in decreasing 
HCN conversions and increasing NH3 and 
CO concentrations because of the hydroly- 
sis reaction. 

In Table 1, the characteristic channel di- 
mensions d are the spacing between wires 
in the gauze, the average cell diameter in the 
foam monoliths, and the average distance 
between adjacent walls in the extruded 
monoliths. Thus, d/2 is an upper bound to 
the boundary layer thickness 8 for any ge- 
ometry. Of course, a flow pattern in the cata- 
lyst that improves the mixing of the gas 
phase will result in thinner boundary layers 
and higher k m for a given characteristic 
channel dimension. Thus, a foam monolith 
should have a much higher k~ than an ex- 
truded monolith having the same character- 
istic channel dimension because the latter 
has essentially laminar flow while the former 
has better mixing within its cellular 
structure. 

We interpret the results shown in Table 1 
as follows. The extruded monoliths give the 
lowest selectivities because the laminar flow 
through the straight channels results in rela- 
tively thick mass transfer boundary layers 
and low km. However, the cellular (or 
sponge-like) geometry of the foam mono- 
liths enhances the mixing of the gas stream, 
resulting in higher rates of mass transfer to 
and from the catalyst surface. In addition, 
for a given geometry, decreasing the aver- 
age channel diameter markedly improves 
the reactor selectivity by decreasing the av- 
erage boundary layer thickness. 

As shown by the data, the woven mesh of 
the gauze is the best of these geometries for 
maximizing HCN production, and the small 
cell size foam monolith performs nearly as 
well. These and similar experiments all sug- 
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TABLE 1 

Optimal Selectivity of HCN Synthesis for Gauze, Extruded Monolith, and Foam Monolith Catalysts at 
~1400 K 

Catalyst Characteristic Selectivity Optimal 
channel at optimum conversion 

dimension HCN /HCN~ 
d(mm) (NH3o - NH3) \NH3o]Opt. 

40-mesh Pt-10% Rh gauze 

50 ppi a foam monolith (Pt coated) 
30 ppi foam monolith (Pt coated) 

2300 csi h extruded monolith (Pt coated) 
1000 csi extruded monolith (Pt coated) 
400 csi extruded monolith (Pt coated) 

0.6 0.85 0.65 

0.5 0.70 0.28 
0.8 0.50 0.29 

0.5 0.37 0.15 
0.8 0.30 0.15 
1.3 0.04 0.05 

a ppi, pores per inch. 
b csi, cells per square inch. 

ges t  tha t  H C N  se l ec t i v i t y  is d i r e c t l y  r e l a t e d  
to  h o w  wel l  a g e o m e t r y  m i n i m i z e s  the  th ick-  
ness  o f  the  m a s s  t r a n s f e r  b o u n d a r y  l aye r s .  
C lea r ly ,  the  d e t e r m i n i n g  f a c t o r  is not  at  all 
the  to ta l  su r f ace  a r e a  o f  the  c a t a l y s t  b e c a u s e  
at  suf f ic ient ly  high a r e a  ( longer  r e s i d e n c e  
t ime) ,  h y d r o l y s i s  o f  H C N  d o m i n a t e s .  
R a t h e r ,  an e f fec t ive  H C N  s y n t h e s i s  r e a c t o r  
m u s t  h a v e  a g e o m e t r y  and  flow ra te  tha t  
m a x i m i z e  kin- 

CH 4 Oxidation: Effect o f  Flow Velocity 

M e t h a n e  o x i d a t i o n  w a s  a l so  s tud i ed  us ing  
the  a p p a r a t u s  d e s c r i b e d  a b o v e .  The  re su l t s  
d e s c r i b e d  b e l o w  were  o b t a i n e d  b y  v a r y i n g  
the  f low v e l o c i t y  t h r o u g h  10 l aye r s  o f  P t - R h  
gauze  at  a f ixed c o m p o s i t i o n  o f  C H  4 in air .  

In  C H  4 o x i d a t i o n  on  Pt ,  CO and  H2 are  
the  pa r t i a l  o x i d a t i o n  p r o d u c t s ,  whi le  CO 2 
and  H 2 0  are  f o r m e d  u p o n  to ta l  o x i d a t i o n  o f  
the  fuel:  

C H  4 + ½02--~ CO + 2H 2 (15a) 

C H  4 + 202----~ C O  2 -~- 2H20.  (15b) 

Thus ,  m e t h a n e  o x i d a t i o n  can  be  r e g a r d e d  as 
a s e r i e s - p a r a l l e l  p r o c e s s ,  w h e r e  C O  and  H 2 
a r e  the  i n t e r m e d i a t e  spec i e s .  The  r e a c t i o n  
can  a l so  be  r e g a r d e d  as  two  pa r t i a l  o x i d a t i o n  

p r o c e s s e s ,  one  g iv ing  e i the r  H 2 o r  H 2 0  and  
the  o t h e r  g iving e i the r  CO or  C O  2. 

In  the  o x i d a t i o n  o f  16% C H  4 in a i r  o v e r  
a P t - 1 0 %  Rh gauze  c a t a l y s t  (Fig.  4), the  
se l ec t iv i ty  o f  f o r m a t i o n  o f  CO and  H 2 ( the 
pa r t i a l  o x i d a t i o n  p r o d u c t s )  i n c r e a s e s  
s t rong ly  wi th  inc reas ing  gas  f low ra t e s ,  ap-  
p r o a c h i n g  an u p p e r  l imi t  a t  h igh f low ra t e s .  
S t o i c h i o m e t r i c  c o m p o s i t i o n s  a re  9 .5% C H  4 
in air  for  CO2 + H 2 0  and 29.6% C H  4 in a i r  
for  CO + H 2. F o r  t hese  e x p e r i m e n t s ,  a l m o s t  

20 

~ 5 

rl- 7 02 . . . . . . . . . . .  _'::7:: =.2.2_ 2-2.2" 
10 15 

initial velocity (cm/s) 
20 

FIG. 4. Reaction products for oxidation of 16% C H  4 
in air over 10 layers of 40-mesh Pt-10% Rh gauze. The 
molar composition of the product gases is based on 100 
tool of gases fed (16 mol C H  4 and 84 tool of air). 
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all of the available 02 is consumed, regard- 
less of the flow rate used, so that for all flow 
rates, the reaction goes to completion. The 
gauze surface temperature is fixed at 
1110 -+ 10°C over this range of flow rates, 
so the effect of temperature on selectivity is 
not an important factor. Thus, at the lowest 
flow rates, the rate of mass transfer is so 
slow that the 02 is presumably consumed by 
converting the partially oxidized products 
to CO2 and H20 before all of the C H  4 c a n  

react. As the flow rate (and kin) increases, 
the selectivity of formation of the partial 
oxidation products increases and more CH a 
is consumed. At high enough flow rates, km 
>> k~, so further increase of the flow rate 
does not affect the reaction selectivity. In 
this "reaction-limited" regime, the reaction 
selectivity is apparently governed com- 
pletely by the reaction stoichiometry and 
kinetics. 

Also note that, in contrast to partial oxida- 
tion reactors, complete oxidation is desired 
in a catalytic combustor. Thus, one should 
design a combustion reactor so that k m ~ kl,  

the regime of low velocity in Fig. 4. This 
will reduce the selectivity of formation of 
the partial oxidation products by favoring 
total oxidation of the fuel to CO 2 and H 2 0  

without requiring unnecessarily long resi- 
dence times. 

CONCLUSIONS 

For a series process such as HCN synthe- 
sis, the selectivity of formation of the inter- 
mediate species is improved by increasing 
kin, as shown by experiments in which cata- 
lyst geometries are varied from laminar flow 
to highly mixed flow between small wires or 
cells. There is an optimal length at which 
conversion to the intermediate species is 
maximized, and the upper limit to the maxi- 
mum selectivity is determined by the reac- 
tion kinetics. 

For a series-parallel reaction system such 
as  C H  4 oxidation, the reaction order with 
respect to the "parallel" species (O2) will 
determine the exact nature and magnitude 
of the effect of mass transfer on reactor se- 

lectivity. This is observed in experiments 
shown here where the selectivity over a 
given catalyst can be varied by a factor o f - 5  
by changing flow velocity under conditions 
where the reaction goes to completion in 
one reactant at all flow rates. The kinetics 
of most series-parallel reactions, such as 
the partial oxidation of C H  4, will generally 
require the maximization of k m to obtain the 
best selectivity of formation of an intermedi- 
ate allowed by the reaction kinetics. 

These simple ideas show that mass trans- 
fer can play a dominant role in controlling 
reaction selectivity, although, even ifa reac- 
tion is "mass transfer controlled" (kin ~ ki), 
values of reaction rate constants and orders 
of reaction are still important. Thus, in de- 
signing a reactor for maximum selectivity, 
the geometry and flow patterns must be cho- 
sen carefully. For a typical partial oxidation 
process, regions in the reactor of low km 
must be avoided, and the selectivity will 
improve as  k m increases until the reaction 
rate is governed solely by the reaction rate 
constants. Of course, in a real situation tem- 
perature variations, residence time distribu- 
tions, pressure drops, and complex kinetics 
must be included in the design and analysis 
of a reactor. However, these effects all tend 
to enhance the influence of k m on selectivity. 
In most practical situations, one should ex- 
pect order of magnitude changes in selectiv- 
ity for a given catalyst, depending on flow 
conditions and geometry. 

APPENDIX: NOMENCLATURE 

8 (cm) boundary layer 
thickness 

(s) residence time 
vij stoichiometric 

coefficient of species i 
in reaction j 

a s (cm-1) catalyst surface area 
per unit volume 

ci (mol/cm 3) bulk molar 
concentration of 
species i in the gas 
phase 

cis (mol/cm 3) molar concentration 
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C/0 

d 

Di 

ki 

km 

Ki 

mji 

Pis 

(mol/cm 3) 

(cm) 

(cm2/s) 

(cm/s) 

(cm/s) 

(cm/s) 

(Torr) 

of species i in the gas 
phase at the surface 
initial molar 
concentration of 
species i 
characteristic channel 
dimensions 
diffusion coefficient 
of species i 
rate coefficient for 
reaction i (units 
shown are for first 
order) 
mass transfer 
coefficient 
defined in Eq. (5) 
(units shown are for 
first-order reactions) 
order of reaction j 
with respect to 
component i 
partial pressure of 
component i near the 
surface 

rj (mol/cm 2 s) rate of reaction j 
R total number of 

reactions 
Rg gas constant 
T temperature 
v (cm/s) gas flow velocity in 

reactor 
z (cm) axial reactor position 
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